The error in B values and corrected values are described
in detail elsewhere (I1). The error in B values, which was
due to a typographical error in a numerical program used
earlier (8), amounted to about 7% in the G region of
interest in withdrawal. Comparison of the new B values
with equivalent values obtained independently by another
numerical technique (2) confirmed that the new values
are accurate to at least four significant figures.

The error due to the previous use of the improper range
of G has been discussed and minimized, as described else-
where (5). The previous range used, namely G of 0.03 to
3 (8), was replaced by choosing the G range so as to
minimize the error in curvature in Equation (3). Compar-
ing the magnitude of each term in Equation (3), using «
= 24 and 8 = 0.85 as reasonable estimates, indicated
that the region for which the ¢ correlation should be most
precise occurs at Go of 1 to 30 and higher. A log-log plot
of ¢ vs. G in this region indicated a 8 of unity and o =
3.36. Thus the more accurate description of top curvature
for a static menisci on a cylinder is (5)

. 336G 1
ST 1+336C @ 2G

Use of the new « and B values corrects the previous
errors in Equation (4). As a check, Cs values obtained
using empirical Equation (7) were compared with theo-
retical values of four to five place accuracy for a range of
G (0.003 to 30). The new curvature values from Equation
(7) were found to be accurate to within 0.5% for all G
and, furthermore, to be accurate to within 0.1% for all
G < 0.02 and all G > 2. The largest differences of 0.3 to
0.59% were noted at G from 0.07 to 0.7.

(7)

THE NEW DYNAMIC CURVATURE EXPRESSION
[EQUATION (8)]

Using Equation (7) and the static to withdrawal trans-
formation described above, the curvature for the top of a

withdrawal meniscus is now given as

. 3.36(SG) 1
T 1+ 3.36(5G)  2(SG)

Equation (8) is a new equation.

Comparison of Cp of Equation (8) with C,* of Equa-
tion (5) indicates that the old Cn* value has errors of.
2 to 6% in the GS range of 0.3 to 3 and errors of about
6% in the GS range of 3 to 30.

Use of the Cy of Equation (8) is recommended in all
available continuous withdrawal theories for cylinders (6),
including Equation (6) for Newtonian fluids (7, 10), the
special-case Newtonian theories for low speeds (9), and
the theory for non-Newtonian fluids (4). The effect of
the improved precision should be most apparent at larger
radii (larger G) and higher speeds (thicker films and
larger S) or both (larger GS).

(8)

m
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Area-Free Mass Transfer Coefficients for Liquid Extraction in a

Continuously Worked Mixer

Most reported data for continuous-phase mass transfer
in agitated extraction vessels are expressed in terms of K.a,
the mass transfer coefficient per unit volume. Recently
Schindler and Treybal (17) report some area-free coefhi-
cients for the continuous extraction of water-saturated ethyl
acetate with water itself. The object of this paper is to
describe other data for area-free coefficients that pertain
to continuously worked extractors of similar design. The
system, however, differs in that it is ternary: a solute is
extracted from the dispersed phase into the continuous
phase, both phases being presaturated with respect to the
other nonsolute.

THEORY

In an earlier paper (9), we derived an expression for
the continuous-phase mass-transfer coeflicients by using
Lin and coworkers’ ideas (I2) on turbulence damping.

J. B. Glen is with ICIANZ, Melbourne, Victoria, Australia.
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Near a mobile surface, where the energy loss through dis-
sipation in the continuous-phase boundary layer may be
less than near a rigid surface, Piterskikh’s relationship may
hold:

Vturb. = b Vc(y/80)2 (1)
where b is a coefficient of order 0.01 (11). A parallel argu-
ment leads to

K. =~/Cpr U N5, (2)

in which Cpr is the drag coefficient for the mobile drop
and U is the relative velocity between the drop and the
continuous phase. This slip velocity is widely fluctuating
due to the turbulence created by the impeller. An expres-
sion for the maximum slip velocity has been derived by
Levich (11) when the motion of the particle can be de-
scribed in terms of self-preserving range of turbulence
frequencies. Levich finds, when gravitational and supple-
mental reaction terms are neglected and entrainment is
nearly complete, that
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PD Pc Ve
Further, the dissipation ¢ is governed only by those quanti-
ties that characterize the largest (and energy-containing)
eddies: the density, p., the integral scale (~d;) and the
velocity fluctuation (~ Ndy) (10). So

e ~ pc (Nd;)3/d; (4)

The time-smoothed mass transfer coefficient K, will be
determined by the root-mean-square value of the slip
velocity Urms. Roughly, Urms ~ Umax so that Equations
(2), (3), (4) may be combined to yield

K. d

NSh = ) ~ \/C_I; NRe13/2 NSC% (5)

in which the undetermined coefficient is entirely dimen-
sionless and contains the parameters Ap/pp and (dp/d;).
We present Equation (5) merely to show the functional
dependence of the Sherwood number on the impeller
Reynolds number. Normally it is assumed that the drag
coefficient Cpr is independent of Reynolds number over
the flow region of interest. However, the particle Reynolds
number is at least 100 times smaller than the impeller
Reynolds number, even when the particles are barely en-
trained. For an impeller Reynolds number range between
10* and 103, then, the drag coefficient will be a weak func-
tion of the Reynolds number:

Cpr ~ Npe, ™% (6)
Insertion of this proportionality into Equation (5) yields
Nsn ~ Npe; 1178 N/ (7)

EXPERIMENTAL EQUIPMENT

The closed mixing vessels employed were similar in de-
sign to the vessel used by Schindler and Treybal (Figure 1
of reference 17). The liquid inlets were concentric at the
base, with an overflow outlet concentric to the impeller
shaft. Four baffles of width 1/8th of the vessel diameter
were employed and outset from the wall by 1.6 mm. to
avoid stagnant zones. Each impeller was mounted at the
vessel center and consisted of a six-bladed paddle. Table
1 details the geometries employed.

EXPERIMENTAL PROCEDURE

The organic, dispersed phase was iso-octane of 99.9%
purity. The solute was doubly steam-distilled o-nitrophenol
(m.p. 45 = 0.2°C.). To avoid dissociation of the solute,
the continuous phase, soft tapwater, was acidified to pH

Ditfuser
Light
Source

| 2
|.— 4,/3 - ___,1
| I

Fig. 1. Dispersion viewing window; vertical section.
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3.5 =+ 0.3; total dissolved solids in the water were less
than 0.01g./100g. The feed streams were continuously
pumped to the concentric inlet, and continuously with-
drawn by overflow to the extract settler. The system was
capable of closed-loop operation. »

The droplets were photographed on emerging from the
vessel through a microscope-slide window in the outlet,
Figure 1. The negatives were projected to estimate the
drop-size spectrum by counting drops in progressive size
increments of < 3, 3 to 6, 6 to 10, 10 to 15, 15 to 25, 25
to 40, and > 40 mm. The method is useful only for small
volume fractions of dispersed phase; ¢p was never greater
than 0.112 in our tests. For the finer dispersions, only about
109 of the total negative area was selected for counting,
the criterion being the sharpness of the picture. About 2,000
drops were counted for each dispersion and about eight
negatives were required to achieve this number.

To measure the outgoing concentration of solute, a
sample tube from the top of each vessel was led to a set-
tling vessel. The residence time in the transfer line was
found by watching the finest droplets entrained in the
aqueous phase; this transfer time was between 2 and 3 sec.
A fraction of the settled aqueous phase was withdrawn at
a rate of about 2 cc./sec. through a light-absorption cell.
A Hilger Watts continuous absorptiometer, H954, was
modified by introducing an 0.2 kw. mercury-arc source,
which demanded modified optical paths and a cooling fan.
Heat filters and Wood's glass filters were placed in the
reference and analysis paths to allow a light transmittance
of a wave-length near 3,500 A. The iso-octane and water
do not absorb light of this wavelength, and the dissociated
o-nitrophenol has an absorption peak of about 5,800 A
(3). Because of the slow drift of the spectrophotometer
output, the meter was zeroed with solute-free material be-
fore each run. The concentration of the incoming extract
phase was determined by extracting four samples into
potassium hydroxide solution (pH > 12); the samples
were then diluted, acidified to pH 3.5 and analyzed by
a Hilger ultra-violet spectrophotometer. The concentration
of o-nitrophenol into the iso-octane phase before extraction
was maintained at about 0.004g. o-nitrophenol/g. solvent.

At the end of each run, an aqueous sample of about 50
ce. was collected for a check analysis with a Beckmann
DK2 spectrophotometer. This analysis agreed with in-
process analyses to within * 49 unless inadvertent con-
tamination had occurred. The scale-reading error for the
two concentration-analysis methods is = 3% for an extrac-
tion efficiency of 0.5. However, the error in the mass trans-
fer coefficient is = 6%, as the outlet concentration of the

o
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impeller-tip speed, m/s

Fig. 2. Standard deviation of drop-size spectrum as a function of
power dissipated by the agitator.
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Fig. 3. Murphree stage efficiencies of mixer, at low power inputs as
a function of the power dissipated by the agitator; points X uncor-
rected, points 0 corrected for end effects.

aqueous phase is used to estimate the total solute trans-
ferred as well as the driving force. The error rises as the
efficiency approaches 0 or 1; at an efficiency of 0.85, the
error becomes = 129%,.

The flow of each phase was measured by a rotameter.
Physical-property data are recorded elsewhere (6).

RESULTS

The system is continuous-phase controlled as cp/cc*
>> 1. The overall mass transfer coefficient may thus be
calculated from the mass balance

Qc Ccy = KC E Vr Acp Ccy =~ 0 (8)

The mean interfacial area per unit volume, @, is com-
puted from the mean diameter of the dispersion, ¥nd?/3nd?,
obtained from photographic analyses of the outlet. A
diameter-frequency plot for each run showed the particle
sizes to have a logarithmic-normal distribution (6). Drop
diameters greater than dys tended to scatter, and those less
than dso occurred more frequently. A smoothed frequency
distribution was obtained by assuming a logarithmic-normal
distribution of particle sizes, and so an estimate of the
volume-surface drop diameter could be made:

log dys = log dso + 5.757 log? oy (9)

A plot of the standard deviation oy against impeller-tip
speed is given in Figure 2. The narrowing range of droplet
diameters with increasing impeller speed is expected from
considerations of stable drop sizes.

This technique assumes that no appreciable coalescence
takes place between the impeller stream and discharge. In
our tests, the apparent diameters are correlated by the
expression

2/5
dus =1 dl . ( dT

26 ———— —
(Nd;)6/5 d;

The standard deviation of the volume-surface diameter is
1.8 for Nge; > 5 X 10% Equation (10) is consistent with
expressions for the break-up of drops due to external veloc-
ity fluctuations whenever the scales of turbulence in the

/5
) (cgs. units)  (10)
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inertial subrange overlap the particle diameters (8). More-
over, for a highly turbulent flow field, it has been shown
that coalescence-redispersion processes barely influence
continuous-phase transfer (2). On the other hand, Schind-
ler and Treybal (I7) report from measured drop-size
changes coalescence-redispersion frequencies of 0.2 to 2
min. ! for impeller Reynolds numbers between 20,000 and
50,000 and a dispersed-phase volume fraction of 0.148.
These frequencies are not much slower than our dispersed-
phase residence times, which ranged from 0.1 to 0.5 min.
Evidence (7) exists that much lower coalescence rates
than those estimated by Schindler and Treybal pertain in
systems of high interfacial tension, and the interfacial ten-
sion was almost an order higher in our tests, having a
constant value of 50.4 dyne/cm. independent of solute
mass flux. Moreover, the dispersed-phase volume fractions
were at all times less than 0.148 (mostly of order 0.05 in
our work), and it is known that coalescence rates fall off
as the drop population becomes sparser (13). We thus
conclude that the measured interfacial area adequately
represents -that within the mixer.

In extraction vessels, solute transfer occurs during the
initial dispersion and the final coalescence of the dispersed
phase. These unavoidable end-effects are not directly re-
lated to mass transfer promoted by turbulence within the
mixing vessel; these effects are thus estimated separately
and subtracted from the total solute transfer that is mea-
sured. The mass transferred from the undispersed iso-octane
jet was calculated using a mass transfer coefficient based on

penetration theory,
4D
Kej="\/ (11)
0;

ot

The contact time §; was estimated from the jet height and
rise velocity. Transfer through the slowly moving interface
in the settler was estimated from an expression obtained
for a similar flow geometry (14):

WFGC )0.397

0.254
Nt = 0.522 Ny o097 ( & ) Ng, 148 (
#c

KD

(12)

The second contribution to the outlet end-effect, that of

transfer from entrained fine drops, is calculated from an

expression (18) for transport under creeping-flow condi-
tions:

Ngp, = 0.98 Ngl/3 Ng.173 (13)

This contribution, however, is negligible. The sum of these
end-effects is very small, always less than 0.02 stage-
efficiency equivalent, and is less than the errors introduced
in the solute analyses. Unlike the more substantial end-
effects found in solids dissolution (5), the low inlet-flow
rates and the fast coalescence rates outside the mixer in
our tests have led to insignificant end-effects. Not estimated
is the very small solute transfer that occurred in the 0.5
to 1.5 sec. before the phases became substantially coalesced.
Extrapolation of stage efficiencies to zero power input shows
the calculated end-effects to be realistic (Figure 3).

TaBLE 1. EXTRACTION-VESSEL DIMENsIONs Usep 1N TESTS

Vessel Vessel  Impeller Blade  Diam.
diam., Vessel vol. diam. width ratio
m, ht. m. 10—3m. cm. cm. dr/d;
0.1405 0.1437 2.090 449 0.561 3.13
0.1405 0.1437 2.090 7.26 0.894 1.94
0.1976 0.199 5.875 5.43 0.721 3.64
0.1976 0.199 5.875 7.26 0.894 2.72
0.1976 0.199 5.875 10.29 1.27 1.93
0.222 0.225 8.408 6.27 0.820 3.54
0.222 0.225 8.408 7.66 0.933 2.90
0.222 0.225 8.408 11.83 1.422 1.88

AIChE Journal

November, 1969



Likewise, the extraction that occurred in the sampling
lines, where the transfer time was between 2 and 3 sec.,
was considered to be negligibly small compared with that
in the vessel itself.

From Rosenweig’s explicit expression (16) for the de-
gree of unmixedness, the degree of mixing was between
92.5 and 98.8%. This result is supported by experimental
observations (I, 15) for equipment of similar geometry to
that used by us. Consequently it was assumed that the
continuous phase was completely mixed. The dispersed
phase may not, however, be completely mixed should in-
ternal circulation be weak or absent. Two limiting cases
were considered: (a) when the dispersed phase is com-
pletely mixed, and the driving force everywhere is con-
stant and equal to (cc,® — €cy); (b) when the dispersed
phase is unmixed, and the driving force is estimated by a
step-by-step numerical analysis. The coefficients derived
from these driving forces will be labelled K¢’ and K¢”
respectively.

Plots of N’sn; and of N”g,; against Ng.; are given in
Figures 4 and 5. In each case, the data are compared with
a line of slope 1.5, as predicted by Equation (5). The
data cover a range of impeller Reynolds numbers from
14,250 to 94,100, and of Schmidt numbers from 1,463 to
1,644. Statistically the data for assurnption of well-mixed
drops regress with a Reynolds number exponent of 1.70,
and for the case of unmixed drops the exponent becomes
1.36 with slightly less scatter of the data points. This value
agrees with that of 1.375 predicted by Equation (7) which
allows for the weak dependence of the drag coefficient on
the impeller-tip speed. This dependence is also found in
dissolution studies (4) for o-nitrophenol particles of vol-
ume-surface diameter 0.098 cm. agitated in the same
vessel under similar hydrodynamic conditions

N,ShT = 0.072 NRelo'Sl NSc0'33 (14)

(for 10* <Nge; < 2 X 10%). The anticipated exponent is
I p P

10°
/
Od;bl/
%o
e 4 L~m=15
Z 10 .
- ~
b4 ")
VANIE
/o
10°

104 10%

NRe|

Fig. 4. Plot of impeller Sherwood number against impeller Reynolds
number assuming dispersed phase to be completely mixed; continu-
ous phase is also weli mixed.
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0.825 (9). The lesser influence of the impeller speed can-
not be ascribed to the density differences for the systems;
rather, the lack of surface mobility increases the extent of
turbulence damping in the continuous-phase boundary
layer.

A slight reduction in the scatter of the mass transfer data
is obtained if the inclusion of vessel parameters is made

N”Sh[ ~ dI—O.SG (dI/dT)O.S (15)

A term in 1/d; is expected from the derivation of Equation
(5), and the diameter ratio d;/dr may reflect the more in-
tensive turbulence close to the walls with the proportion-
ately larger impellers.

To summarize, the data resolve best as shown in Figure
6; this correlation includes the influence of vessel geometry
and the mass transfer coefficients are based on the assump-
tion of no mixing in the dispersed phase.

It is useful to compare and contrast our work with
Schindler and Treybal's experiments. The vessel arrange-
ments are similar, and so are the throughputs:

our data:
water flow 454 kg./hto 1,214 kg./h, 0.02 < ¢p < 0.11
previous data:
total flow 670 kg./h to 900 kg./h, ¢p = 0.145
However, the systems themselves are very different. The
binary system of the earlier work has an interfacial tension
of 6.1 dyne/cm., whereas the ternary system of this work
had an interfacial tension of 50.4 dyne/cm. In conse-
quence, coalescence dispersion was fairly rapid in the
former case, and much more sluggish in the latter. None-
theless, the influence of impeller-tip speed on the continu-
ous-phase mass transfer coefficient is similar. The exponent
on the velocity term is 1.47 for 3 in. paddles and 1.50 for
5 in. paddles in the earlier tests. The coefficient K, for the
two data sets, uncorrected for small changes in Ng., is plot-
ted against power dissipation in Figure 7. The data sets
merge into each other and cover a hundredfold range in
power dissipation. Again, the influence of the various values

10°
4
m=1.5 — /
Z  10°
o d
hd &
o ]
/
103
104 10°
NRe|

Fig. 5. As for Figure 4, but the driving force is based on assumption
of an unmixed dispersed phase.
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of tank and impeller diameters appears to be secondary
for the geometries chosen. Power per unit tank volume is
not a correlating variable.

CONCLUSIONS

The available data for area-free mass transfer coefficients
for continuous-phase transport in mixers suggest that these
coefficients correlate with the assumption that the particles
are surrounded by a turbulent boundary layer. Dissolution
of freely suspended solid particles correlate in a like man-
ner, but the extent of turbulence damping appears to be
greater. There is some evidence that the drag coefficient
for the entrained particle varies with impeller-tip speed
for impeller Reynolds numbers between 10% and 10%. The
data also show that the dimensional relationships, derived
from the postulate of locally isotropic turbulence, may be
useful in scaling mass transfer behavior from one set of
conditions to another for impeller Reynolds numbers within
this range.
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NOTATION
@ = mean interfacial area, (L) !
b = acoefficient, defined in Equation (1)
¢c = continuous-phase concentration of solute, (M)
(L)-s
2.0 /4
o
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Fig. 6. General correlation of all data. Equation of line is N”sH; =
892 X 10~% Ngef'36 gp—05 4,036 338 mkh units. Re-
gression coefficient is 0.931.
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Fig. 7. Plot of mass transfer coefficient (well-mixed drops) against
power dissipation in mixing; graph is uncorrected for small changes
in Nse.

cp = dispersed-phase concentration of solute, (M)(L)~3

Cpr = skin-friction drag coeficient

d; = impeller diameter, (L)

dp = particle diameter, (L)

dys = tank diameter, (L)

dr = volume-surface mean diameter, (L)

D = diffusivity, (L)*(T)~*

Gc¢ = specific mass flow of continuous phase, (M) (L) 2
(T)-1

Kc = continuous-phase mass transfer coeflicient, (L)
(T)!

N = impeller rotational speed, (T) !

P = power dissipation, (M) (L)2(T) 3

Q¢ = continuous-phase flow rate, (L)3(T) !

U = slip velocity between particle and stream, (L)
(T)—1

Wy = flow sectional width in settler, (L)

Greek Letters
energy dissipation, (M) (L) ~1(T) 3
continuous-phase viscosity, (M) (L) ~*(T) !

€

pe =

pp = dispersed-phase viscosity, (M) (L) ~*(T) !

ve = continuous-phase kinematic viscosity, (L)2(T) 1
veury = turbulent kinematic viscosity, (L)2(T) !

pc = continuous-phase density, (M) (L) ~3

pp = dispersed-phase density, (M) (L) 3

Ap = density difference (pc — pp), (M) (L) 3

T = surface tension, (M) (T) 2

#; = jet contact time, (T)

Dimensionless Groups

Nge; = impeller Reynolds number, Nd;2/vc
Ng. = Schmidt number, vc/D

N’sp; = Sherwood number, K¢'dy/D

N”sn; = Ke”di/D

N'snp = Ke/de/D

Nwe = Weber number, pU2Wr/o

Superscripts
* = equilibrium value
’ = totally mixed dispersed phase
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”

= unmixed dispersed phase
= time-smoothed value
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The Reduction in Heat Exchanger Effectiveness Caused by Dilute

Quantities of Drag Reducing Substances

In a recent communication (1) K. A. Smith and others
have published further data on heat transfer to drag-re-
ducing polymer systems. These systems have received
considerable study because there is clearly some practical
advantage in using additives to cut down pumping re-
quirements. In a recent study (2) I have pointed out the
possibility that use of these additives in tube heat ex-
changers may have no beneficial effect whatsoever. It is
gratifying to see that Smith’s results also confirm this
trend.

Their turbulent flow heat transfer data for dilute poly-
mer solutions has been correlated in a form easily amenable
for design purposes. Rearranging their equation (5) one
obtains

0.440.6
P S (1)
U w0
or, assuming that physical properties are unaffected by
addition of small amounts of polymer

h = const. X — (2)
U

For the effect of drag reduction to have practical ap-
plication the addition of polymer must ensure that the
heat transfer coefficient divided by pumping power is in-
creased. Pumping power is proportional to » U. Hence
the important ratio is #/7 U. From Equation (2), we may
write

h 1

s ] ey

+tU U2

for a given 7, U is increased by addition of polymer so
h/7U is decreased. Again the Toms effect appears to
offer no practical benefit in high Reynolds number heat
transfer in a smooth pipe. In retrospect this is not sur-
prising since turbulence promoters are often used in
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process heat exchangers. Here a higher wall shear stress is
accepted as necessary to cut down the thickness of the
laminar sublayer, it being of the greater importance to
cut down the thickness of this layer than to decrease wall
shear stress. In contrast the laminar sublayer is thickened
by dilute polymer solutions under drag reducing conditions.

It should also be pointed out that reasonable correla-
tions have been obtained by several workers (I, 3 to 5)
using straightforward modifications of turbulent flow heat
transfer analogies (6). All this type of work requires
a priori knowledge of turbulent flow friction factor data
for the given system. In so far as very little satisfactory
work has been done on the friction correlation problem
the calculation of heat transfer data for turbulent flow of
dilute polymer solutions remains unsolved. For this rea-
son the latter problem is probably a more important area
of research.

NOTATION

¢p = heat capacity of solution, (L*T~2671)

h = heat transfer coefficient for the pipe, (M T—3% 1)
k = thermal conductivity of solution, (MLT~39~1)
U = mean velocity, (LT™1!)

“ = solution viscosity, (ML—1T 1)

T = pipe wall shear stress, (ML™1T~2)

(M = mass, L = length, T = time and § =
temperature units)
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